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Tis paper discusses the plant-wide control system of a biohydrogen plant from biomass. Te plant’s control structure is designed
by assessing the use of model predictive control (MPC) and proportional-integral (PI) controllers for each controlled variable.
Ten, the control structure design is tested by set point and disturbance change tests, and its performance is evaluated by integral
square error (ISE). Tis plant is simulated in two diferent capacities to understand the efect of change in plant capacity on the
plant’s controllability. Results show that the plant with capacity A has controllability of +25% and −5%, while the plant with
capacity B has controllability of +100% and −5% for the dry biomass molar fow rate change test. Both plants have the same
controllability of +100% and −100% for the dry biomass temperature test. Both plants result in a dry biomass conversion rate of
16.52%, where the amount of H2 produced is 382 kg/h and 2,291 kg/h, respectively.

1. Introduction

Hydrogen is predicted to be the future of clean energy, and it
is crucial to produce hydrogen cleanly and sustainably.
Hydrogen is very benefcial for human life. In organic
chemistry, it is used for hydrogenation reactions such as the
Rosenmund chemical reaction [1] and the Friedel–Crafts
acylation chemical reaction [2]. Hydrogen is also used in the
fertilizer, food, cooking oil, and fuel industries [3]. Its use in
fuel cells is also very prominent [4].

Tere are various ways to produce hydrogen, but there is
an increasing interest in utilizing biomass due to its resource
diversity, availability, and sustainability [5, 6]. Tree routes
of producing biohydrogen from biomass are thermo-
chemical, biological, and electrochemical processes [7].
Tree types of thermochemical processes are gasifcation,
pyrolysis, and aqueous phase reforming (APR) [5, 7]. Five
types of biological processes are direct photolysis, indirect
photolysis, biological water gas shift (BWGS) reaction,
photofermentation, and dark fermentation [7, 8]. Mean-
while, two types of electrochemical processes are proton
exchange membrane electrolysis cell (PEMEC) and

microbial electrolysis cell (MEC) [7]. Te factors considered
in selecting the technology are but are not limited to H2
yield, technology readiness level (TRL), and economic
feasibility [9]. In this work, the gasifcation process is chosen
due to its high energy recovery and efciency [6, 10], highest
H2 yield [5, 10], best technological maturity [7], and it is the
most economically feasible process to implement on an
industrial scale [5, 8].

Despite the feasibility of the gasifcation process to
produce biohydrogen, more research needs to be done
before implementing it on an industrial scale. One of the
urgent issues to be addressed is the scalability and con-
trollability of the biohydrogen production process [10].
Yuan et al. [11] defned controllability as how easy it is to
control a plant within an acceptable operating range despite
any disturbance in the system. Controllability is a crucial
issue to consider when scaling up a pilot scale plant into an
industrial scale plant to ensure a smooth production process
and stability and reliability of the H2 supply. Plant con-
trollability analysis is conducted using integral square error
(ISE) to evaluate the controllers’ performance in controlling
the plant, i.e., handling set point and disturbance changes in
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the system. Currently, no research is conducted on analyzing
the efect of change in plant capacity on plant controllability.
Terefore, this research will evaluate the controllers’ per-
formance in two diferent plant capacities: capacity A with
2,312 kg/h of dry biomass and capacity B with 13,870 kg/h of
dry biomass. Te results will be analyzed to see whether the
change in plant capacity will afect plant controllability and
to what extent the diference in the plant controllability
between the plant with capacities A and B.

Before assessing the plant’s controllability, the plant-
wide control system must be designed frst. Previous works
have applied process control to the biohydrogen plant from
biomass, where each unit operation is controlled and op-
timized separately. Salma [12] used proportional-integral
(PI) controllers for the gasifer, char combustor, and fue gas
cooler. Wahid and Nararya [13] improved the control
performance by reidentifying the system models and ap-
plying model predictive control (MPC) for the gasifer, char
combustor, and fue gas cooler.Wahid and Iqbal [14] used PI
controllers for the compressor and steam methane reformer
(SMR). Wahid and Taqwallah [15] improved the control
performance by reidentifying the system models and ap-
plyingMPC for the compressor and SMR, and Adjisetya and
Wahid [16] used multivariable model predictive control
(MMPC) for the compressor and steam methane reformer
(SMR) control. Tis research will continue developing the
simulation by combining all unit operations into one sim-
ulation and assigning each controlled variable with either an
MPC or PI controller. Ten, the system models are iden-
tifed, and the controllers are tuned to achieve optimum
control performance. Afsi et al. [17] have also researched the
use of PI and MPC in bioprocesses, namely, polylactic acid
(PLA), as well as using dynamic optimization, and then
chose which one is better. In contrast to this research, the
research did not choose which was the best of them but
chose PI and MPC based on the accuracy of using both in
controlling certain variables.

Based on the explanation above, the discussion in this
paper will be arranged as follows. Section 2 discusses the
steady-state simulation of the plant, consisting of the process
description and process fowsheet in UniSim Design R491.
Section 3 discusses the dynamic simulation of the plant,
consisting of the plant’s control structure design, system
identifcation, controller tuning, controller testing, perfor-
mance, and plant controllability. Section 4 discusses the
conclusion and future directions of this research.

2. Materials and Methods

2.1. Steady State Simulation. Figure 1 shows the steady-state
simulation of the biohydrogen plant from biomass. Te
plant design is based on the work by Budianta et al. [9] with
modifcations. Te feed to the biohydrogen plant is as-
sumed to be dry biomass containing 92.77% carbon and
7.23% water (i.e., the biomass has been pretreated, so there
is no pretreatment equipment in this simulation). Dry
biomass enters directly into the gasifer together with
steam, where it is converted into gases such as CO, CO2,

H2O, H2, and CH4. Te amount of steam used is based on
the steam to biomass ratio of 0.75 [18]. Te gasifer is
simulated as a conversion reactor in UniSim, with reactions
occurring shown in equations (1)–(4) [19]. Te outlet
streams of the gasifer are divided into two; the “gas” stream
fows to the SMR, while the “char” stream fows to the char
combustor.

C + H2O⟶ CO + H2 (1)

C + 2H2⟶ CH4 (2)

C + CO2⟶ 2CO (3)

CO + H2O⟶ H2 + CO2 (4)

Te “char” stream fows to the char combustor, where it
is reacted with air to produce heat for the gasifcation
process. Te char combustor is simulated as a conversion
reactor in UniSim, with reactions occurring shown in
equations (5) and (6). Te outlet streams of the char
combustor are divided into two; the “fue gas” stream fows
to the fue gas cooler before being discarded, while the “ash”
stream is discarded.

C +
1
2
O2⟶ CO (5)

C + O2⟶ CO2 (6)

Te “gas” stream fows to the SMR, where it is reacted
with steam to convert CH4 into CO and more H2. Te SMR
is simulated as a plug fow reactor in UniSim, with the
reaction occurring shown in equation (7). Te outlet stream,
namely, “gas out SMR,” fows to the cooler to lower the
temperature before entering the water gas shift (WGS) re-
actor together with more steam to convert CO into CO2 and
more H2. Te WGS reactor is simulated as a conversion
reactor in UniSim with reactions occurring shown in
equation (8). Te outlet stream of the WGS reactor is the
fnal product, namely, “H2 gas,” which contains 61.95% H2,
30.96% CO2, and traces amount of CO and H2O.

CH4 + H2O⟶ CO + 3 H2 (7)

CO + H2O↔CO2 + H2 (8)

Tis plant is simulated in two capacities, capacity A with
2,312 kg/h of dry biomass and capacity B with 13,870 kg/h of
dry biomass, which aims to mimic the pilot scale and in-
dustrial scale plant. Te amount of H2 produced in capacity
A is 382 kg/h, while in capacity B is 2,291 kg/h. Both plants
with capacities A and B result in a dry biomass conversion
rate of 16.52%. Tis capacity is calculated based on Indo-
nesia’s estimated hydrogen imports in 2040, which amount
to 908.5 kg/h. Terefore, capacity A accounts for 42% of the
total hydrogen imports, while capacity B is planned to
substitute all hydrogen imports and the remainder will be for
export.
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2.2. Dynamic Simulation

2.2.1. Control Structure Design. Figure 2 shows the dynamic
simulation of the biohydrogen plant from biomass with
controllers. Tere are fve pairs of controlled and manipu-
lated variables, as shown in Table 1. Temperature is the
control focus of this plant because the temperature in each
unit operation needs to be controlled to achieve the max-
imum reaction conversion, which correlates to the fnal
amount of H2 produced.

In this simulation, we consider using both MPC and PI
controllers, and therefore, an assessment is conducted to
determine the controller used for each controlled variable.
Te two factors considered in this assessment are (1) the
controller’s performance in controlling the system and (2)
the urgency to apply a more complex controller to achieve
the control objective. According to Kano and Ogawa [20],
MPC outperforms the PI controller in almost every con-
troller type (i.e., temperature, fow, pressure, and concen-
tration) except for the level controller. However, not all unit
operations directly afect the fnal amount of H2 produced,
e.g., char combustor and fue gas cooler, and therefore, a PI
controller is sufcient for these unit operations. Table 2
concludes the chosen controller type for each controlled
variable.

2.2.2. System Identifcation and Controller Tuning. All sys-
tems in this plant are assumed to follow a frst-order linear
plus dead time (FOPDT) model, not a nonlinear model. Tis
is intended to simplify the optimization problem. Tis low-
level model captures the important dynamics of the system
while reducing computational complexity. Te mathemat-
ical formulation of predictive control is essentially based on
linear models [21]. Linear models simplify optimization

problems and enable the use of efcient numerical opti-
mization techniques, such as quadratic programming, to
solve optimization problems at any control interval. System
identifcation is conducted to obtain the FOPDTmodels, as
shown in Tables 3 and 4.

In MPC, the prediction (P) and control (M) horizons
and sampling time (T) in MPC determine how far in the
future the system is predicted and optimized. Longer ho-
rizons generally produce more accurate predictions but also
increase computational complexity. Tis tuning is based on
specifc applications and system dynamics to fnd a balance
between accuracy and computational efciency. To tune the
MPC parameters, the Shridhar and Cooper method [22] was
frst used and then continued with fne tuning to enhance the
robustness of the MPC controller so that it can handle
mismatches between the model and reality. Meanwhile, for
the PI controller, the Ziegler–Nichols method [23] is used.
Tis method is known for producing settings that tend to
minimize oscillations and stabilize the system. Te method
aims to strike a balance between responsiveness and stability,
making it a good starting point for many control systems.
Although this method was basically developed to tune a PI
controller to achieve the desired balance between re-
sponsiveness and stability when there is a setpoint change
and does not have specifc guidelines for tuning a PI con-
troller to handle disturbances, however, integral action in the
calculated PI parameters can help reduce errors in a steady
state caused by disturbances over time. Te integral term
allows the controller to continuously adjust the control
output to eliminate long-term ofsets.

Te tuning parameters used for both MPC and PI
controllers are shown in Tables 3 and 4, respectively. Both
plants with capacities A and B have the same controller type
and tuning parameters.
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Figure 1: Steady-state simulation of the biohydrogen plant from biomass.
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3. Results and Discussion

Controller testing is conducted to evaluate the controllers’
performance in handling set point and disturbance changes.
In the set point change test, the initial set point of each
controlled variable is increased with a determined in-
crement, as shown in Table 5. Te test’s objective is to see
whether the controller can adjust the manipulated variable
to the new set point, therefore minimizing the diference
between the new value of the set point and the controlled
variable.

In the disturbance change test, the value of the chosen
disturbance is changed from its initial value with a de-
termined percentage. Te two disturbances in this test are
dry biomass molar fow rate and dry biomass temperature.
Te percentage change of the dry biomass molar fow rate
ranges from +5% to +100% and −5% to −10%. Meanwhile,
the percentage change of the dry biomass temperature

ranges from +50% to +100% and −50% to −100%. Te test’s
objective is to see whether the controller can adjust the
manipulated variable so that the controlled variable can
return to its initial value, therefore minimizing the diference
between the unchanged value of the set point and the
controlled variable.

ISE is used to evaluate the controllers’ performance
quantitatively. A low ISE value is desired, meaning that the
error between the values of the set point and the controlled
variable is minimum, and the controller can adjust quickly to
the changes. Te percentage determines the plant’s con-
trollability, meaning to what extent the controllers can
handle disturbance changes in the plant.

Table 5 shows the ISE values for the set point change test
in both plants with capacities A and B. Figure 3 shows the
graph results of the set point change test in both plants with
capacities A and B. Overall, the controllers in both plants
perform well. However, the ISE values of the plant with
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Figure 2: Dynamic simulation of the biohydrogen plant from biomass with controllers.

Table 1: List of controlled and manipulated variables.

Controlled variables Manipulated variables
Temperature inside gasifer Heat duty of the gasifer
Temperature inside char combustor Heat duty of the char combustor
Temperature of “fue gas out” stream Heat duty of the fue gas cooler
Temperature of “gas out SMR” stream Heat duty of the SMR
Temperature of “gas to WGS” stream Heat duty of the cooler before WGS reactor

Table 2: List of controlled variables and the chosen controller type.

Controlled variables Controller types Reasons
Temperature inside gasifer MPC Energy conversion and maximizing reaction inside the gasifer
Temperature inside char combustor PI Tis process does not directly afect the amount of H2 produced
Temperature of “fue gas out” stream PI Tis process is simple and does not directly afect the amount of H2 produced
Temperature of “gas out SMR” stream MPC Energy conversion and maximizing reaction inside the SMR
Temperature of “gas to WGS” stream MPC Energy conversion and maximizing reaction inside the WGS reactor
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Table 4: FOPDT models and tuning parameters for the PI controller.

Control system FOPDT model
PI controller tuning parameters

Controller gain (Kc) Integral time (Ti)
Char combustor (1.84e− 5.365s/142.791s + 1) 5.200 0.745
Flue gas cooler (5.71e− 2.645s/13.431s + 1) 0.800 0.147

Table 5: ISE values for the set point change test in both plants with capacities A and B.

Controlled variables Initial
set point (°C) Increment (°C) New set point (°C)

ISE values
Capacity A Capacity B

Temperature inside gasifer 800 +50 850 1,062.43 4,202.27
Temperature inside char combustor 850 +50 900 429.19 2,776.15
Temperature of “fue gas out” stream 100 +20 120 83.15 136.10
Temperature of “gas out SMR” stream 800 +50 850 2,087.61 2,799.45
Temperature of “gas to WGS” stream 150 +20 170 189.22 620.80
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Figure 3: Continued.
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capacity B are larger than those of capacity A. Tis result
means that a larger plant capacity is more challenging to
control with the current controllers’ tuning parameters.

Tables 6 and 7 show the ISE values for the dry biomass
molar fow rate change test in plants with capacities A and B,
respectively. Te controllers in the plant with capacity A can
handle disturbance only up to +25% and −5% from its initial
value.Meanwhile, the controllers in the plant with capacity B
can handle disturbance up to +100% and −5% from its initial

value. Although the controllers can handle disturbance in
the plant with capacity B, the ISE values are larger than those
of capacity A. Tis is due to the ISE equation, where the
diference between the set point and the controlled variable
is squared. With the same disturbance percentage, the
disturbance value in the plant with capacity B is larger than
that of capacity A. A larger disturbance means that the error
is larger, and the error is also squared, therefore increasing
the ISE value. Based on these results, increasing factory
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Figure 3: Set point change test for plants with capacities A and B in (a) gasifer, (b) char combustor, (c) fue gas cooler, (d) SMR, and
(e) cooler before WGS reactor.

Table 6: ISE values for the dry biomass molar fow rate change test for plant with capacity A.

Control systems
ISE values

+5% +10% +20% +25% +30% −5% −10%
Gasifer 13,251 16,899 21,474 38,061 -(Failed) 17,801 97,941
Char combustor 3,289 5,903 22,735 180,272 -(Failed) 3,734 -(Failed)
Flue gas cooler 1,174 1,806 6,912 607,827 -(Failed) 1,173 -(Failed)
SMR 7,405 11,487 34,866 104,564 -(Failed) 6,680 20,011
Cooler before WGS reactor 1,384 2,234 7,855 44,963 -(Failed) 1,366 3,721

Table 7: ISE values for the dry biomass molar fow rate change test for plant with capacity B.

Control systems
ISE values

+5% +50% +100% −5% −10%
Gasifer 3,424 148,432 532,494 3,668 -(Failed)
Char combustor 27.59 2,615 6,163 28,278 -(Failed)
Flue gas cooler 0.76 397.58 486 0.50 2.21
SMR 1,662 117,163 316,761 1,182 6,159
Cooler before WGS reactor 674.48 20,782 105,017 187.89 2,590

Table 8: ISE values for the dry biomass temperature change test for plant with capacity A.

Control systems
ISE values

+50% +100% −50% −100%
Gasifer 5.72 22.80 5.26 19.83
Char combustor 0.24 1.10 0.44 0.93
Flue gas cooler 0.87 4.05 0.60 4.80
SMR 2.73 18.37 3.36 11.49
Cooler before WGS reactor 0.86 2.49 0.85 2.15
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capacity must be accompanied by reidentifying the system
because diferent capacities will afect the behavior of the
processes within it. Next, the MPC and PI controller pa-
rameters must be readjusted so that they match the changed
process behavior.

Tables 8 and 9 show the ISE values for the dry biomass
temperature change test in plants with capacities A and
B. Overall, the controllers in both plants perform well, where
they can handle disturbance up to +100% and −100% from
their initial value. Te ISE values in both plants are also
relatively smaller than those of the dry biomass molar fow
rate change test, showing that the dry biomass temperature
does not afect the system as much as the dry biomass molar
fow rate.

4. Conclusion

Tis work proposed a plant-wide control structure design of
a biohydrogen plant from biomass using a combination of
MPC and PI controllers. MPC is used in the gasifer, SMR,
and cooler before the WGS reactor, while the PI controller is
used in the char combustor and fue gas cooler. Results show
that with the same controller type and tuning parameters for
both plants with capacities A and B, the controllers per-
formed relatively well in handling set point and disturbance
changes. In terms of the disturbance, the dry biomass molar
fow rate afects the plant’s controllability more signifcantly
compared to the dry biomass temperature. However, with
higher ISE values of the plant with capacity B, it is advisable
to reidentify the system and retune the controllers if the
plant capacity changes to optimize their performance.
Further work can be done to improve steady-state simula-
tions by adding more detailed unit operations and im-
proving controller performance by applying multivariable
model predictive control (MMPC) to account for in-
teractions between variables in the plant or using a hybrid
approach that combines the strengths of MPC and PI
controllers as has been researched by the author himself
[24, 25].
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